@y = combination of variables used in Table 3
(QAC,R2/K,)

ae; = combination of variables used in Table 3
(QAC,nR2/K,)

AC;r = combination of Cp,s

ACy;r= combination of Cp;’s

AH, = enthalpy change for the reaction C 4 Oy — CO,

AH,, = enthalpy change for the reaction Hy + %0, —

2

AH; = enthalpy change for the reaction C + 2H,0 —
CO, + 2H,

3 = ash layer porosity

pcr = mass of fixed carbon per unit unreacted particle
volume conditions

Subscript

B = condition in the bulk phase

c = condition at the core surface

Superscript
c = condition at the core surface
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Char Gasification in a
Countercurrent Reactor

A model is developed for the countercurrent char gasifier of Lurgi form.
Char particles are fed to the top and oxygen, inert, and steam in the bottom.
The combustion zone is defined as the zone in which there is a nonzero
molfraction of oxygen. In the gasification zone, the particles are assumed to
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be a lumped system in which the Johnson reaction kinetic expressions are

assumed to be valid with the water gas shift reaction at equilibrium. All of
the reactions between oxygen and carbon and water and carbon are assumed
to take place in the combustion zone but with the carbon-oxygen reaction
predominating to form a shell progressive system within the particles. Radia-
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tion is taken into account, and parametric computations are made on tem-
peratures, compositions, flow rates, and char reactivity, The maximum tem-
perature is strongly influenced by radiation and its position is a sensitive func-
tion of the solid flow rate producing an ash layer at the bottom of varying

thickness.

SCOPE

The purpose of this study was to develop a model for a
countercurrent moving-bed gasifier of coal, actually char,
which would predict at least qualitatively the known fea-
tures of such systems. There has been little modeling with
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this system, although the general subject of gas-solid reac-
tions in moving beds has been examined in detail,
notably by Ishida and Wen (1971) and Wen and Wang
(1970). A quantitative model of the countercurrent gasifier
was presented by Yoon et al. (1976), and there have been
numerous descriptive and qualitative discussions by Elgin
and Perks (1973, 1974), Rudolph (1974), Hebden (1975),
and Hoogendorn (1973). In addition, Woodmansee (1975)
updated some very early models. There is almost no real
operating information available in the literature, and one
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must test his model against the described qualitative be-
havior in many cases. The model studied assumes that in
the upper gasification zone, the three reactions used by
Johnson (1974) in his studies of gasification reaction kinet-
ics take place, coupled with the appropriate transport
equations. In the combustion zone, where there is oxygen
present, the particles are assumed to follow a shell pro-
gressive model determined largely by the carbon-oxygen

reaction. Within the core, the gasification reactions occur,
but because of the presence of oxygen only carbon diox-
ide emerges. The model takes into consideration radiation
from particle to particle. Parametric studies are made in
some of the pertinent parameters. While the model is con-
ceptually simple and at the same time relatively realistic,
there were some severe computational problems which
had to be overcome. These are not discussed.

CONCLUSIONS AND SIGNIFICANCE

Parametric studies were made to show the effect of some
of the basic parameters of the system such as oxygen/
steam mole ratio in the feed, solids flow rate, and tempera-
tures. It was shown that radiation had a marked effect on
the operation since its presence resulted in substantially
lower maximum temperatures in the bed than by neglect-
ing it. This is important, since the ash fusion tempera-
ture must be avoided. One of the remarkable results ob-
tained, and one which is known to be a difficulty in oper-

ation, is the location of the maximum temperature and its
relation to the thickness of the ash layer at the bottom
of the reactor. If there is residual carbon coming out of
the bottom, the maximum temperature occurs at the bot-
tom. On the other hand, if there is an ash layer, its thick-
ness is a strong function of the solid flow rate so that
the position of maximum temperature could wander in the
bed because of the difficulty in maintaining a steady solids
flow rate.

In an earlier paper, a single char particle exposed to a
constant environment was considered in some detail. The
purpose of that analysis was to obtain a better understand-
ing of what occurred under certain hypothetical condi-
tions. The purpose of this paper is to construct what is
hoped is a reasonable model for a countercurrent gasifier
in which coal is fed to the top of a moving-bed reactor
and oxygen, steam, and perhaps inert material at the bot-
tom. It is well known that coal devolatilization is a fairly
rapid process proceeding without major heat effect. The
oxygen mixture fed into the bottom will eventually, as it
proceeds upwards, reach a high enough temperature so
that the reaction between carbon and oxygen will com-
mence, and this reaction will proceed upwards until all
or almost all of the oxygen is consumed. The reaction
mixture at this point consists of water, carbon dioxide, and
inert. More will be said about this later. Since the oxygen
is exhausted, the reactions willl now be between carbon,
carbon dioxide, water, and hydrogen. We will be inter-
ested in the development of a model and will make ap-
propriate parametric studies. It is unfortunate that in spite
of the operation of such reactors since 1936 in Germany,
there is almost no quantitative information in the litera-
ture; however, the paper of Hebden (1975) should be
mentioned, and qualitative agreement is established.

While there has been substantial research on reactors
for solid-gas reactions, we will mention only those con-
cerned with the combustion of carbon in countercurrent
moving bed reactors. Woodmanasee (1975) updated some
earlier models. These models assume equilibria among the
reactions and include some simplifying assumptions in the
energy conservation equations, many of which may be in-
valid. Recently, Yoon, Wei, and Denn (1976) presented
a paper in which a shell progressive model was used with
somewhat different reactions and assumptions on the heat
transfer than those made here. It is strange that with the
worldwide interest in the Lurgi reactor there has been so
little in the way of modeling or on design equations pre-
sented.

In this paper we will assume, as mentioned above, that
char is fed to the top of the reactor and an oxygen-water
vapor-inert mixture at the bottom. The lower zone, re-
ferred to in the future as the combustion zone, extends
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from the bottom of the reactor to the point where oxygen
has been completely exhausted. The reactions in the com-
bustion zone are

C-+ % 0,— CO (1)

H; + % O, — H;0 (2)
CO + % Oy — CO, (3)
CO + H,0 —> CO; + H, (4)

We assume there is no methane formation in this zone.
Reactions (2) and (3) are very fast and proceed to com-
pletion, and reaction (4) is fast and proceeds to a finite
equilibrium. Reaction (1) is responsible for our assumption
of the shell progressive model. In the upper zone there is
no oxygen, and so the reactions taking place here are

CO, + C— 2CO (5)
H,0 + C— CO + H, (6)
9H; 4+ C - CH, (7)
CO + Hy;0 — CO, + H, (8)

The first three reactions are relatively slow.

Let us now hypothesize about the model. The carbon
spheres as they descend from the top contact carbon diox-
ide, carbon monoxide, hydrogen, and water. Since the re-
actions with carbon are slow, we assume that diffusion
plays no role, so that the concentrations of the various spe-
cies will be uniform throughout the particle. If one as-
sumes that the water gas shift reaction is very fast and
always at equilibrium, the concentration of hydrogen, car-
bon monoxide, carbon dioxide, and water are related
throughout the gasification zone by the equilibrium rela-
tionship.

When the particles enter the combustion zone from the
gasification zone, they come into contact with oxygen for
the first time, and the homogenecous spherical particle de-
velops a spherical core of radius R,, where R, < R, and
the core is surrounded by a shell like ash layer through
which the reactants must diffuse to reach the core sur-
face. Oxygen will react at the core surface, and in the
core hydrogen, carbon monoxide, and carbon dioxide will
be formed. However, the hydrogen and carbon monoxide
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formed will diffuse outward to the core surface and will
be consumed by oxygen. Thus, all of the hydrogen pro-
duced from the water returns to water, and all of the car-
bon monoxide produced reacts at the core surface to pro-
duce carbon dioxide. Thus, on the assumption that there
is sufficient oxygen, the only diffusing reactants through
the ash layer are oxygen into the particle and carbon diox-
ide from the particle. Now, as shown in the single-particle
studies, there may be insufficient oxygen in the intersti-
tial gas to do all of this. Under these conditions some of
the carbon monoxide and hydrogen will diffuse into the
ash layer, meet the oncoming oxygen and react, thus form-
ing, on the assumption of instantaneous reaction, a flame
front. Under these conditions, if a shrinking core has al-
ready been formed, its size would become fixed. The
amount of carbon in it would be reduced uniformly, and
the flame front would be established either in the ash
layer or, with a similar argument, in the boundary layer
surrounding the particle. This makes the problem very
difficult to model, since there is a core in the combustion
zone, there is plenty of oxygen at the bottom of the re-
actor, but near the end of the combustion zone the flame
front may not be at the core surface.

The object of our model is to predict the gas composi-
tion from the reactor, the temperature distribution, and
the maximum temperature. In the practical operation of
the Lurgi reactor it is known that the control of the posi-
tion of the hot spot is very difficult. This comes out in this
work as an obvious consequence of the fact that the thick-
ness of the ash layer at the bottom of the reactor, assuming
that all of the carbon can be consumed, may be a very
sensitive function of the solid flow rate in the reactor. In
our treatment here we will depend heavily on the pre-
vious single-particle studies and will not repeat what was
given there. The expressions for the reaction rates of the
various reactions will be the same as in that paper.

DEVELOPMENT OF EQUATIONS FOR
COMBUSTION ZONE

In the previous paper, the authors (1977) developed
equations that relate the internal concentrations and tem-
perature fields (x°m50, 2%, Tc) to the external parameters
(%02.8, Tg). In that development, the pseudo steady state
approximation was used which may not be realistic for
energy balances. To avoid dealing with the system of
partial differential equations which would result from the
shrinking core model when the pseudo steady state as-
sumption is relaxed, an approximate method that yields a
simplified heat balance (Beverage and Goldie, 1968;
Wen and Wang 1970; Ishida and Wen, 1971) will be
used, adapted to our treatment.

In the studies on the single particle, the authors postu-
lated a shell progressive mechanism determined primarily
by the reaction C + 3 Oz — CO at the core surface,
while in the core of the particle the gasification of carbon
with carbon dioxide and steam together with the water
gas shift reaction take place. Very fast reactions between
gasification products (carbon monoxide and hydrogen)
and oxygen are assumed, and the existence of a flame front
either at the core surface or outside it is possible. From
outside such a flame front, the whole process can be visu-
alized as a simple reaction C + Oy — CO, with the outer
region under a simple oxygen-carbon dioxide equimolar
countercurrent diffusion. If the oxygen concentration in
the bulk phase is too low (or the core temperature too
high), the flame front will not occur at the core surface
as it might with higher values but will pull away from
the core surface, and all of the oxygen will be exhausted
either in the ash layer, if it has already been formed, or in
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the boundary layer by reaction with hydrogen and car-
bon monoxide produced in the core of the particle. By
solving the oxygen conservation equations, the oxygen
molar flux at the outer edge of the boundary layer can be
computed to be

R\ .
- (QHzO + K1x°02) E‘ ; R* =R,
5

N0217=R5 =<- QHzO(-ERi: )2 ;
u QHzo(%:)z

which can be summarized by

N°2‘T=R5 =- Q(_I_I:_: )2

where the expression for Q, the total rate of carbon con-
sumption for each of the three possible situations, can be
immediately obtained by direct inspection. The oxygen
mole fraction at the core surface was found to be given by

QHzORcZ[(l ].) 1(1 1)]
xopn — ——— |\ =~ = |+ S\~ =
cD R, R/ &\R, R,

R, <R* =R,

H Rp<R°éR5

=

l+kIR°2[<l l>+1(1_1)]
cD Rp Ra e Rc Rp
if the flame front is at the core and zero otherwise.

On performing a shell balance for each of the gaseous

species in a differential element of volume of the reactor
in the combustion zone, we get

A8 _ (R,

dx R—p

for all i, Since
EgiM i = Swy = 1

multiplying each of the species mass balances by the cor-
responding molecular weight and adding, we can compute
the rate of change of the total mass flow rate of the gas
phase along the combustion zone to be

The mass balance for oxygen, which is taken to be the in-
dependent component, can then be written

dgoy _ _ (14 Mcego)® aQ(Re/Ry)*

dx Go(1 + M.g%:;)

The concentrations of all the other species and the total
mass flow rate for the gas phase can be computed in
terms of the oxygen concentration and feed data to give

G _ Go(l + Mcg002)

- 1+ Mcg()z

(1 + Mcg02lgoﬂzo
1 + MchOZ
_ (1 + Mcgos) g%z

Enz = 14+ Mcg002

1 + Mcg02

1+ AlchOZ

In moving down the reactor, the core of the char parti-
cle will suffer changes in its radius and in its conversion
which are given by

8uzo =

(g°0z + g°cos) — 8oz

gcoz =
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dR. N aR,,McRI

dx  B3Rsr(1l — war) (1 —X)
dX _ M.QuoaR,

dx R.(1 — war)Fsr

respectively.

The method used to obtain the heat balance for the
solid phase in the combustion zone can be summarized as
follows. 1. An average temperature (T,y) for the ash
layer is defined and an energy balance for the solid phase
is written for a differential eiement of volume of the bed.
A functional refation among the accumulation in the core

(dT¢/dx), the accumulation in the ash layer (dT,,/dx),

d
and the radiation flux [-—- (KR dgps ) ] is obtained.
x

dx
2, A pseudo steady state profile for the ash layer is as-
sumed in terms of the core temperature (T.) and the tem-
perature of the external surface of the particle (Tps).
Such an assumed profile allows us to compute Tay. 3. A
relation between Tps and T, is established, since all of
the heat conducted through the ash layer should be dissi-
pated at the external surface of the particle either by con-
duction through the boundary layer or by radiation to the
surrounding layers of particles.
An energy balance for the solid phase for an element
of volume in the bed can be written as

F R -~ ~
el [J‘ ’ (Paha + Pchc)4”72dr
4 3 0 z+Az
- TTRp PSF
3
Ry ~ ~
- J; (Paha + Pchc)4m2dr ]
z
oT
_ { —K— -+ 2 Nihi } a Ax
or r=Rp i r=Rp
ar dT
+ Ky =28 —Kp——| =0 (1)
dx z+Az dx x

where the radiation flux has been taken into account by
means of an apparent axial conductivity., If we call

Ry ~ ~
I= J; ? (paha + pehe)r?dr

Equation (1) can be written in differential form as

== Kz —
psrRp®  dx dx dx
—i—{ —K£+2N1‘hi} a (2)
or r=Rpt

As the integrand of I is discontinuous at r = R,, and be-
cause the discontinuity surface is moving, differentiating
I after rearrangement we get

_dL_Z Rc3 ch
dc % | g~ 3 dx

R2 4T,
r=Rc¢™ 3 dx

+ (PCCPC + pacpa)

+ theIr:Rc“ Rc2

dR, ~ Rp 9T
d ‘ + Pacpa fR TTer (3)

X ¢ X

If we define the average ash layer temperature to be

2
R, T T dr
R
F4
2
j;c r2dr

January, 1978

Tay =

Page 90

it can be shown that

Rp 9T R — RS2 dT dR
—— 2y =B "¢ T 2(T, — —=
ch % rear 3 e + R, (Tc Tav) dx

Using this last expression and results from the mass bal-
ances to substitute into (3), we obtain

dl ~ ~ R dT
- = Cpe + paC. : z
dx (p pe T P pa) rmre= 3 dx
~ R, — R3 dT dR
+ paCra [ S — B ey g C]
Palep 3 dr + R¢ (Tc Tav) dz
a psrR,

+ hclr——* Re™ ZucRc2

3 For (Quzo + Ry)  (4)

The continuity of the total enthalpy flux requires

oT
——K-E-T—‘F 2 Nk

T=Rp

= [—K—a}:‘-f- Nihi]
or

while at the outer edge of the film we have

2 Nih = Noylr=rs [hos(T8) — hcoy(Ts) ]
r=R§
and mass balances allow us to write
oT
—K—+ [ > N ]

oT
- K—
ar

Il

’I‘=Rp

(%)
r=Rg§ Rp

R.\2
—-Q (’E‘) [hos(Te) — hooa(T)1 (5)

If we substitute (4) and (3) into (2) and consider the
following relations

helr=re= = he(Te) = he(Ts) + Cpe(Te — Ts)
AH(Ts) = heoy(Ts) — hoy(Ts) — Mohy(Ts)
pe = psr(l — war) (1 — X)

Pa = PSFWAF

the energy balance for the solid phase finally becomes

o~ —~ R 3
Fss[(1 = war) (1 = X)Cpo + warCyd =y dr.
R,/ dx
R\~ dT
rol -2 6

P

[ 2
KA (YA dT )
ar | r=rs R, dx dx

R.\2 =~
+aQ(Ep) [aHe(T5) + McCpo(Tp — Te)]

3F5FwAp5pa dRC
R T = Te) =

where by solving the energy equation for the boundary
layer in terms of the unknown external solid temperature
Tps we find
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[ K(Tps — Ts)

T8l . Re=Rg,
(1)
R, R
(6)
oT .
— K— = K(Tps —_ 13) 2Achon2,B
or T=R§

+
1 1 1 1
*\R, R, *\R, R,

RC ? #*
— 28H,Quso\ = ); R*=R,
R;

In the ash layer, the following pseudo steady state
temperature profiles are assumed to hold;

1. It the lame front is outside the particle or at the
core surface

1 1

R
T=Te+ (Tes - To) ——— R.=r=R,

R. R,

2. If the flame front is in the ash layer

Tc +[ (TPS - Tc)
1 1
+ 2AHwQRC2( 1 1 )] R, r )
K. R, R* 1 i’
R, R,
R.=r=R"®
T=<
Tps + [(TPS - Tc)
1 1
+ 2AHWQR£( 1 1 )] Rp ro
K, R. R* 1 __}_’
R. R,
R°=r=R

~

In both cases, the assumed temperature profile is the solu-
tion of the corresponding energy equation in the ash layer
with all accumulation terms neglected and obtained as a
function of the solid temperature at r = Rp(Tps) and.of
the core temperature (1) which are unknowns. With
this assumed profile, the average temperature in the ash
layer can be computed to render

Tps— T 1 3 RZ2-—Rp?
To=T,+ 2= le| 24 2 o= |,
1 ]. Bc 2 Hp '_Rc
R, R,
R* =R,
or
Rp<R“<RE
3 R*8 — RZ?
Tav: Rp3— R { Tc 3
T T 2aH,QR:? ( 1 _ 1 )
Ps — C+T R, R°
+ 1 1
R. R,
R°®3 — R} Rz2 — R®2 ] R — R®3
+ Tpg —
[ 3R, + 2 s 3
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2AHwQRcz< 1 1)
Tps — To 4+ — (= —
. PS e+ Ke Rc R*
1 1
R. R,
3 — R%3 R®*?2 — R.2
[&33 + ) d ]}, Rc<R#<B~p
/4

If we now assume that all of the beat conducted through
the ash layer which reaches the external surface of the
solid phase must be released either to the gas phase by
conduction through the boundary layer or by radiation to
the surrounding layers of particles, we can write for an
element of volume of the bed of width ax

- K, or aAx = —K£ asx
or r=Rp~ or r=Rp+
dTps dTps
—K K
" v % x|
or
oT
— K, —— a=
or r=Rp~
oT d < dTps )
—K— -—1\K
or r=Rp+ @ dx ® dx
The assumed profile in the ash layer allows us to compute
a , while — can be obtained by solv-
or r=Rp~— T | r=Rpt

ing the energy equation in the boundary layer. The final
result for each of the three possible locations of the flame
front is given in Table 1. Therefore, the energy balance
in the combustion zone is split into three equations for
the three different relations among the three characteristic
temperatures in the solid phase: T¢, Tps, and Tay. These
equations must be solved simultaneously together with
the mass balances and the energy balance for the gas

phase.

A simplification can be achieved by considering the
particle to be at a uniform temperature. In that case

Te = Tps = Tay

and the energy balance reduces to a single equation

~ B, \ ~ dr.
FSF[(l_X)(l_wAF)CPc<—) +wAFCpa] =
R, dx
Rs )2 aT d < dTps >
—af 2V kS ~Z(k
a( R, R | y=p  dx \' T dx

2 i~
=+ aQ (%) [AHc(TB) + McCDc(TB - TC)]

where K£
or r=R
now with Tps = T.. While undoubtedly there is a tem-
perature drop in the ash layer, it develops only in the
later stages of the combustion reaction, as the numerical
results for the extended model show, and hence most of
the heat has already been released. Whether it is neces-
sary to consider the more complicated case can only be
determined by comparing the two cases numerically.
An energy balance for the bulk gas phase can be
written for a differential element of volume of the bed as

d R \*
2 d_x(cg1h1> = ; Nihi T:Rﬁa(l_{;)
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TaBLe 1. EQuatioN For Tps AssuminG FLux CoNTINUITY
AaTr = Rp

Case 1: Flame front at core

K (T — Tpg) _ K(Tps—Tg)
Rz(l 1)"R2(1 1)
"\R R, " \R, R

1 d dTPs)
- -k
a dx ( R dx

Case 2:  Flame front in boundary layer
K(Tc—~Tps)  K(Tps— Tp)
Rz(l 1) ”32(1 1)
"\& & "\&®, R
Con2,32AHw 1 d ( dTPS )
1 1\ a dx dx
R2{———
R, BRs
Case 3: Flame front in ash layer
2AH QRS2 ( 1 1 )
T.—T - S
¢ Ps + X, " &

1 1 1
— {(=—— )Ry
Ke \R: Ry,
R(Tps — Tg) 1 d ( dTps )
= — —— | Kr
1 1 dx dx
Rp?{ — — —
R, Rs
oT R;5 \2
— K — a ( —
ar r=R§ Rp

Performing the indicated differentiation and introducing
results from the mass balances, we get

dh; 2
i dx or | r=Rs R,
Since
dh; _ dTg
PPl

if we define an average heat capacity for the mixture by

<Cp>= 3 gCu

the temperature equation for the gas phase turns out to be
dTs oT ( R )2
a —
r=R§ Bp

=K
dx or

is given by Equation (6).

r=Rs

G<Cp>

oT
where again K —
or

DEVELOPMENT OF EQUATIONS FOR
GASIFICATION ZONE

The set of reactions to be considered is

R3: C+H,0—->CO+Hy, ; Omo
R4: CO + H2O o d C02 + Hz
R5: C+ 2H,— CH, ; Rs

The gasification by carbon dioxide is omitted from the set
because its effect is introduced through the water gas
shift reaction. The 1.G.T. research showed that there were
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no diffusional or mass transfer limitations over a wide
range of parameters, and so concentrations within the
particle wiil be considered to be the same as in the bulk
phase. The pseudo steady state assumption is used in the
derivation of the mass balances. Mass balances are writ-
ten for those species or pseudo species whose concentra-
tions are not changed by the water gas shift reaction
which is considered to be in equilibrium, Thus

Nugo + Ncog = — Quao

Ncuy = R;
Kys = ______g002 : gHZ"
&co * 8Hz0

Performing a shell balance for the ih species in a dif-
ferential element of volume in the reactor, we can write

_ d(Gg)
dx

A total mass balance for the gas phase gives

dG
T M. a(Qugo + Rs)

+aN;=0

If we call
€ = guoo + Ecog

then the rate of change for ¢ and gewy can be written as

% = — al(1 + Met) Quo + MetRi]
dgcny
G Ic =a[— M, gCH4QH20 +(1- MchH4)Rs]

The mass flow rate of the gas phase and the concentrations
of the dependent species can be written now in terms
of the values of giyo0, Zcog, and geuy and the conditions
at the transition between zones (indicated by subscript
1); their expressions are

_ Gi1 + M6 — gcra) ]
- 1 + Mc(f - gCH4)
14 M (¢ gCH4)

gCO 1+ Mc(fg — gCH4,1) (gHzo,l -+ g002,1 gCO,l)
— gHz0 — 2gc02
1+ M. (€—
gH2 + (§ gCH4) (gH20,i + gﬂz,l + 2gCH4,1)

- 14+ Mc(é — genga)
— gH30 — 2gCH4

At the transition between zones
guz,1 = geoa = gengr = 0
gog1 =0
Gi = G°(1 + Mcg%,)

g°us0
T+ Mgo,

g°N2
1+ Mcgoo,
g0z + §°coy
1+ Mg%,

8H20,1 —
gng,1 =

gcog1 =
and consequently
g%cos + %3 + 8%Hz0
14+ Mcg°,

The change of core conversion along the gasification zone
is found to be

€1 = gcog1 + gHo01 =
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_di _ M a(Quyo + Rs)

dx Fsp(l —_ wAF)

An energy balance similar to the one obtained for the
combustion zone with the additional assumption of uni-
form particle temperature can be written. The final ex-
pression obtained once the mass balance results are intro-
duced is

dr,

dx
—-i(KR dT, >+ aK(T, — T3)
dx dx B, (_1__ 1 )
R, R;

d
+ alQuy0AH;3 + RsAH5] + AH, I (Ggcos)

FSF[I - X(l - wAF)]Cs

By an analysis similar to that for the combustion zone,
the temperature equation for the gas phase can be written:

d -
G<Cp> TB — aK(T,, TB)

N
R, R,

BOUNDARY CONDITIONS

The reactor has been described by a complex system
of algebraic and ordinary differential equations. For the
ordinary differential equations, conditions are specified at
both ends of the reactor and at an intermediate point, the
transition between zones, the position of which is not
known a priori and must be obtained during the course of
the solution of the problem. Therefore, we can visualize
our model as a multipoint boundary-value problem. The
combustion zone is described by a seventh-order and the
gasification zone by a sixth-order system of ordinary dif-
ferential equations, and thirteen boundary conditions must
be specified. In fact, fourteen conditions can be estab-
lished, the additional one providing us with information
which enables us to compute the position of the transition
between zones in much the same way that the location of
the flame front is obtained in the single-particle studies.
At the top of the gasifier we can specify the conversion
of the solid feed (X = 0, x = L) and the temperature of
the solid in the feed (T = Tpp, x = L). At the transition
between zones (x*) we can specify that no ash layer has
been formed in the particles entering the combustion zone,
so Re = Rp, X = x*, and no oxygen leaves the combustion
zone, goy = 0, x = x*. Also, no methane leaves the com-
bustion zone, geny = 0, * = x*. The amount of water and
carbon dioxide leaving the combustion zone is known (¢ =
&1, x = x*), and as no ash layer has been formed before
entering the combustion zone, the core and surface tem-
peratures are the same (T = Tps, x = x*). We must
have temperature continuity of the solid phase (Tp| 2y =

T| ., x = x*) as well as gas temperature continuity
(Ts|, , = Ts|__, ). Also, the solid conversion must be
+ —
continuous (X|_ , = X|_ ,, x = x*), and the flux of
z4 z_

radiation must satisfy

dTp dTPS
= - KR *;
de | =+° dx T
At the bottom of the gasifier we can specify that the
temperature of the gaseous stream entering the gasifier
is known (Ts = Tg°% x = 0) as well as the concentration

— Kg

xX=x
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of oxygen in the feed (go, = g°s,, * = 0). The radiation
losses there are

dTpg
dx

Since Tw is an unknown, assumptions must be made as
to its value. Two natural possibilities arise: either the
bottom is well insulated and therefore Tw = Tps, or it is
at the temperature of the entering gaseous stream Ty =
Tp°. Under the usual operating conditions, the solid
leaves the gasifier at almost the same temperature as the
gaseous stream enters, as our computations show (devel-
opment of a large ash layer at the bottom of the reactor),
and both assumptions coincide.

KR = h(Tps4—Tw4); x=0

NUMERICAL SOLUTION

Marching methods were disastrously unsuccessful. Even
simplified versions of the problem that reduced the number
of unknowns to be estimated at either end of the reactor
did not render any results. The intrinsic stiffness of the
system of ordinary differential equations indicates that
implicit methods (finite-difference approximation) should
be employed, and this was the approach used. Satisfac-
tory results were obtained, although slow convergence re-
sulted from the large damping factor that was required to
avoid oscillations. The solution should provide not only
the profiles along the reactor but also the relative size of
each of the two zones. This fact precluded the use of a
complete quasilinearization scheme, although linearization
with respect to some of the variables was used, at least
with respect to those where the most severe nonlinearities
appear (mainly particle temperature or core temperature
in the case of the combustion zone). A description of the
method can be supplied to the reader.

Initial studies were made neglecting any temperature
gradient in the ash layer. Furthermore, it was assumed
that no methane was formed anywhere in the gasifier. This
rather simplified model, however, shows the essential fea-
tures of the reactor behavior, and an independent discus-
sion of its numerical results is warranted. A gaseous feed
mass flow rate of 0.098 g cm™2 s~ was assumed. The inlet
composition was 12% oxygen and 889, steam (by vol-
ume) at an operating pressure of 20 atm. The solid feed
was considered to be devolatilized char with 27% by
weight of ash and 73% carbon. The solid particles were
taken to be spheres 2 cm in diameter, with a reactivity
factor (for the Johnson kinetic model) f, = 1. The gas
phase entered at 800°K, while the solid inlet temperature
was assumed to be 300°K. One of the objectives was to
study the effect of changing the solid feed mass flow rate
Fsy. For Fgp values larger than 0.0278 g cm™2 s71,
oxygen was completely consumed at the bottom of the
gasifier in a thin zone about 5 cm thick, and the gasifica-
tion zone practically occupies the whole reactor. The
carbon in the char is not completely spent, and an un-
reacted residue leaves the gasifier together with the ash.
If the solid feed mass flow rate is reduced below the
aforementioned value, practically all of the carbon reacts
and an ash layer, whose thickness is highly sensitive to
changes in Fgr, begins to develop. In Figure 1 the tem-
perature profile for the solid phase has been plotted for
different solid feed rates within the range of 0.025 to
0.030 g cm~2 s~1 In obtaining such graphs, radiation
effects were neglected. They will later be incorporated
into the model. Labels A and B in each curve indicate the
points where the oxygen consumption initiates and ter-
minates, respectively. Oxygen in all the cases has reacted
completely in a layer about 5 cm thick, but such a layer
can be located either at the bottom or in the middle of
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the gasifier, depending on the values of Fgp.

The maximum temperature attained in the solid phase
is almost independent of the value of Fgp provided it is
low enough for an ash layer to develop within the re-
actor (T¢, max = 1980°K). If such a condition is not met,
Temax is always located at the very bottom of the gasifier
and decreases with increasing values of the solid feed
rates, as is shown in Figure 6. The great sensitivity of the
ash-layer thickness to changes in values for Fsr is shown
in Figure 1. There we can see that a change from Fgr =
0.0275 g em™2 s~1, which is less than a 1¢% decrease, in-
creases the ash-layer thickness from 46 to 308 cm, and
hence the small inevitable vanations in the solid flow rate
in actual operation will leave the position of the hot spot
in doubt, In Figure 2 ash-layer thickness vs. Fsr has been
plotted. The steepness of the curve for values of Fsr larger
than 0.027 g ecm~2 571 is another indication of the already
mentioned sensitivity. The thin zone of oxygen consump-
tion travels two-thirds of the reactor length in the narrow
range 0.027 = FSF = 002774.

Steady State Multiplicity

While we attempted to solve the problem for a mass
flow rate of the solid feed of 0.027 g em™2 s™1, no con-
vergence was obtained. Furthermore, in the iterative
scheme used, while the results of one iteration indicated
the existence of a thick ash layer, the next one showed
that no such ash layer was present. This numerical behav-
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lor suggested the existence of two different solutions of
the boundary-value problem for the given set of parame-
ters. To investigate that possibility and separate the solu-
tions, the following scheme was developed.

1. Solve the problem for Fsr = 0.030 g em~2 s~! for
which it was already known from previous numerical com-
putations that no ash layer was formed.

2. Use the profiles so obtained as initial guesses for a
new reactor for which Fgr = Fgr (previous)—0.0005
and repeat the procedure until a reactor for which Fgr =
0.027 g cm~2% s~1 was solved.

3. Starting from a reactor with a solid feed rate of

0.025 g ecm~2 s~! for which an ash layer 925 cm deep
was known to develop, the same procedure was used, but
now increase Fsr by 0.0005 g em ™2 s~! each time.
As a result of such computations, two different profiles
were obtained, one with an ash layer of about 650 cm
and the other with no ash layer. A program was devel-
oped to investigate whether for these feed conditions the
unignited steady state, that is, one for which all of the
oxygen is not consumed within the reactor, could still
occur. A simple finite-difference scheme was established.
Very fast convergence was obtained for a reactor where
negligible reaction occurs, that is, with a reactor acting as
a countercurrent heat exchanger. In Figure 3 the solid
temperature profiles for these three steady states are
shown. In Figure 4 several properties of the system are
given as functions of the solid feed rate for each of the
two upper branches (the unignited steady state is omitted
because of its irrelevancy) in which the solution is split.
No attempt was made to connect both branches through
an unstable intermediate steady state if such be the case.
It is shown there that for Fsy = 0.027 g cm™2 571, the
difference in final conversion between the steady states is
not complete vs. Xy = 0.967, and the difference in tem-
perature of the gaseous stream leaving the gasifier is 979°K
vs. 1012°K. This holds true for the whole multiplicity
region for which 0.0263 < Fsp < 0.02774.

Observe in Figure 4 the rapid increase in the tempera-
ture of the gases leaving the gasifier when the solid feed
rate is decreased below the lower bound of the multiplicity
region. The energy supply to the gasifier (through the
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oxygen input and sensible heat in the steam) is in excess
of the amount needed to gasify the coal fed to it. For
coal feed rates larger than the upper bound, coal leaves
partially reacted and also at its maximum temperature.
Therefore, we can expect that the optimum operating
conditions will fall within the multiplicity region, which
at the same time coincides (see Figure 2) with the region
of highest sensitivity of the traveling oxygen consumption
zone: 0.027 = Fgp = 0.02774. This behavior strongly sug-
gests operating difficulties in practice. The maximum tem-
perature achieved in the solid phase is excessively high
for complete conversion conditions as shown in Figure 6,
greatly exceeding the ash fusion point. Since radiation
effects were neglected, no final word can be said about the
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Fig. 6. Effect of the radiation and of radiant heat losses from re-
actor bottom on the maximum solid temperature.
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Fig. 5. Comparison between steady state profiles with and without
considering radiation for the case of a deep ash-layer formation,

maximum solid temperature until it is included in the
model.

Effect of Radiation

In considering radiation within the reactor, the emis-
sivity of a coal particle can be considered to be between
0.75 and 0.8, and in most of this study a conservative
value of 0.75 was adopted. Effects of variations in the
values of this parameter within the whole range 0 to 1 are
discussed later when the most complete reactor model
studied is under consideration. If oxygen is consumed at
the very bottom of the gasifier, the main difference intro-
duced by radiation is the lowering of the maximum solid
temperature. For Fsr = 0.027 g em~2 5! and no ash-
layer formation (lower branch), the predicted value of
1700°K obtained under the assumption of negligible
radiation is reduced to about 1 611°K. If, in addition, it
is assumed that the inner walls at the bottom of the reac-
tor are at the inlet gas temperature rather than at the
outlet solid temperature (implying that heat losses through
the bottom occur), this maximum is further lowered to a
value about 1515°K. The solid conversion is reduced
from 96.7 to 95.99 if radiation is included. If, in addi-
tion, heat losses through bottom are considered, a lower
value of 93.1% is predicted. In Figure 5 results are
shown for the same value of Fsr (0.027 g cm~=2 s~1) but
with a deep ash layer developed in the bed (upper
branch). Under these conditions the gas inlet and the solid
outlet temperature are the same, so no distinction is made
about the inner wall temperature at the bottom of the re-
actor, In that figure it can be seen that there is a dramatic
lowering of the peak temperature from 1980° to 1 690°K,
approximately. Again, as it was in the case of no radia-
tion, the maximum solid temperature is practically the
same for all solid feed rates provided an ash layer is pres-
ent. Otherwise it decreases with increasing values of Fsr
as can be seen in Figure 6.

In Figure 6 the maximum solid temperature has been
plotted against the solid feed rate. Results for negligible
radiation were also included. The existence of two branches
of solutions is shown. The lower branch with radiation in-
cluded is split into two different cases: with and without
radiant heat losses from the bottom of the bed. The upper
branch for these two cases is the same, as we have already
pointed out. In that figure it can be seen that the size of
the multiplicity region is enhanced when radiation is taken
into account. The more efficient use of the heat released
in the combustion zone implies that a larger amount of
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solid can be completely gasified within the reactor. Conse-
quently, the upper branch extends further to the right. On
the other hand, when radiation losses from the bottom of
the bed are considered, it is possible to lose enough heat
so even smaller solid feed rates can pass through the
gasifier without complete conversion. For example, at Fsr
= 0.026 g cm~2 571, for which it was predicted that there
would be complete conversion if radiation was neglected,
or if included but without bottom losses, there wiil be two
solutions: complete and 96.39% conversion.

The Methanation Reaction

The formation of methane is an additional exothermic
mechanism of carbon consumption. By including it, a larger
coal throughput can be expected to be completely gasified
in the reactor for a given oxygen input. This is due to the
exothermicity of the methanation reaction which by releas-
ing heat in the same location where the endothermic steam
gasification is taking place decreases the energy input re-
quirements. This qualitative reasoning was proved to be
true numerically, Loads with a ratio of 3.47 moles of car-
bon per mole of oxygen were completely gasified vs. a
maximum of 2.87 achieved when the methane formation
was neglected. The predicted value of the maximum tem-

Fgr =00354 gem 2sec!
20 G =0075! gem ™2 sec”!
L o o i
Wap =043 X}, o/X5,<683 foz10
< P =24 atm
b Core Temp. Core & Surface Temp,
Q15+
X Surface Temp.
2
2
2
210
o
£ Gas Temp.
3
[
1 L L )

5
185 186.49 18756 18863

Length (cm)

18970 19077

Fig. 9. Gas- phase, core, and solid external surface temperature
profiles in the zone of rapid oxygen consumption when allowances
are made for temperature gradients in the particle ash layer.
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perature of the solid phase was reduced from 1690°K to
1345°K, even though the steam-oxygen ratio in the
gaseous feed was decreased from 7.33 to 6.83, and it is
known experimentally that the lower the ratio the greater
the maximum temperature. The length of the bed was
reduced from 10 to 3 m when the operating pressure was
increased from 20 to 24 atm also. In Figure 7 the tempera-
ture profile obtained for the solid phase is plotted for three
different reactivity factors. The main operating conditions
are indicated in the graph. Observe the increase of the
ash-layer depth and the lowering of the solid maximum
temperature as the reactivity factor increases (1 610°K,
1545°K, and 1415°K are the predicted values for re-
activity factors 0.3, 1.0, and 5.0, respectively). Although
no plot is presented to avoid unnecessary repetitions, it
should be pointed out that the same type of steady state
multiplicity and ash-layer depth sensitivity was found, as
was the case when the methanation reaction was neglected.

Particle Ash-Layer Temperature Gradients

A more realistic model should consider the existence of
temperature gradients within the particle ash layer if a
progressive shell model is assumed for a typical particle
within the reactor combustion zone. In such a model the
temperature at three different places (but at the same re-
actor cross section) are of interest: in the gas phase, in the
core, and at the external surface of the particle. In Figure
8, for the set of conditions indicated on the graph, the
core and gas phase temperature profiles are shown. As
the particle does not start shrinking until it is well within
the combustion zone, the profiles of core and external sur-
face temperatures coincide all along the gasification zone.

In Figure 9 the three temperature profiles are shown
(for the same set of conditions as in Figure 8) for the
zone of rapid oxygen consumption. We can see the start
of core formation indicated by the separation of the core
and external surface temperature profiles. The three tem-
peratures approach each other very rapidly in the deep ash
layer that is formed at the bottom of the reactor in such a
way that the particle leaves the gasifier at a temperature
that is practically uniform throughout and equal to the
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inlet gas temperature. Combustion occurs mainly in the
boundary layer (core shrinkage does not start until the
solid conversion has exceeded 96.5% ), explaining why the
gas phase can reach a higher temperature than the particle.

In all the runs made with incomplete carbon consump-
tion, the flame was always in the boundary layer, and no
core shrinkage occurred. The final conversion achieved in
those cases was lower than 96.59%.

Ash Layer Depth Sensitivity Studies

To explore the already mentioned sensitivity of the ash-
layer thickness to slight variations in the carbon/oxygen
ratio, a gaseous feed of 0.0751 g cm~2 s~ with a steam/
oxygen ratio of 6.83 was assumed. An operating pressure
of 24 atm and a coal with a reactivity factor f, equal to
1.0 was considered. The ash mass fraction was taken to
be 0.431. The solid feed rate was changed from 0.0314 to
0.0374 g em~2 s, and consequently the C/O ratio range
explored extended from 3.07 to 3.67 moles of fixed carbon
per mole of oxygen. Figure 10 shows the resulting core
temperature profiles. Thus, if an ash layer is formed, the
curves show a maximum practically independent of
changes in the C/O relation and equal to 1745°K. The
same is true for both the gas phase and solid external sur-
face temperatures, 1 855° and 1 555°K, respectively.

It can also be observed that for C/O ratios below 3.56
(Fsp = 0.0364), an ash layer larger than half the bed
height is developed, while if it is increased to 3.66 (Fsr
= 0.0374), no such ash layer occurs. Neither is all of
the carbon consumed (X; = 0.962). The possibility of
multiple steady states was not investigated in this case.

Figure 11 shows how changes in the C/O ratio affect
the amount of gaseous species produced per gram of car-
bon fed (products of the devolatilization process are not
taken into account). There it can be seen that while the
methane production steadily increases, the total produc-
tion of hydrogen and carbon monoxide presents a definite
maximum for a value of C/O ratio of about 3.35. Conse-
quently, the heat content of the gaseous products, that
is, the heat they would release if burnt, shows a maxi-
mum at about 3.6 for the C/O ratio, as is also shown in
Figure 11. Since the steam feed rate is fixed for all these
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calculations, such a plot indicates the optimum operation
from a thermal efficiency point of view. It should be
pointed out that these optimum conditions coincide with
the region of maximum sensitivity, and therefore prob-
lems regarding operational controllability might be ex-
pected. In Figures 12 and 13 the predicted concentration
profles of the gaseous species are shown for two typical
cases of complete and incomplete carbon conversion, Ob-
serve that the carbon monoxide profile shows a maximum
which occurs about the point where the coal particle be-
gins to be gasified, that is, near the upper end of the
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Fig. 12. Concentration profiles for a typical case of complete carbon
conversion in the reactor.
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reactor where the solid temperature is low enough to stop
the gasification reactions. However, the equilibrium as-
sumption, made on the water gas shift reaction, implies
that this reaction is still occurring and all the changes in
composition from this point up are due to shift in the
equilibrium constant (which increases for lower tempera-
ture values). In our case, we have assumed the water gas
shift reaction to be frozen at 1 000°K. (This is the reason
why the profiles of all the species involved in this reac-
tion end in a straight line as shown in Figure 12.) How-
ever, it may also happen that such an equilibrium freez-
ing occurs at a higher temperature, roughly that which
occurs at the point of maximum concentration of carbon
monoxide, as we shall discuss when the effect of changing
the steam/oxygen ratio in the feed is studied. Because of
this uncertainty, the total amount of both hydrogen and
carbon monoxide produced was plotted instead of the cor-
responding values for each of the two species.
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Fig. 15. Effect of changes in the steam-oxygen feed ratio on core
temperature profiles.
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Because of the small exothermicity of the reaction, be-
sides the prediction of the hydrogen/carbon monoxide
yield ratio, which is not a significant parameter of opera-
tion, no major effect of this uncertainty should be ex-
pected. Furthermore, the difference, if any, will affect the
upper region of the reactor where the unaccounted for
devolatilization process is also occurring.

Effects of Changing the Steam/Oxygen Ratio in Gas Feed

This is one of the major operating variables in the con-
trol of the bed. By changing the steam/oxygen ratio the
maximum temperature obtained in the reactor can be set
below the ash melting point. To study this operational
parameter, a coal with a reactivity factor f, equal to 1.0 at
a feed rate of 0.0354 g cm™2 s~ 1 and an ash mass fraction
of 0.431 was assumed. The carbon/oxygen relation was
kept equal to 3.47. The steam/oxygen ratio was changed
by adding more steam to the inlet gaseous stream, and
the range studied was from 6.83 to 11. The maximum
gas phase, core, and external solid surface temperature
achieved are shown in Figure 14. Figure 15, on the other
hand, shows the core temperature profiles obtained for
some of the runs. (The coiresponding steam/oxygen ratios
are shown on the graphs.) In Figure 14 both core and gas
phase temperature are affected greatly by changes in the
steam oxygen feed ratio. By increasing them, the maxi-
mum temperature decreases very rapidly until the point
where complete carbon conversion is no longer possible.
This transition occurs between the values 9.5 and 10.0 for
the steam/oxygen ratio. Accompanying the transition, the
region of rapid oxygen consumption moves greatly, as
shown in the temperature profiles in Figure 15. The water/
oxygen ratio also affects the outlet hydrogen/carbon
monoxide ratio, which also depends on the type of coal
gasified as pointed out by Rudolph (1974). The predicted
hydrogen/carbon monoxide ratio both at the reactor outlet

AIChE Journal (Vol. 24, No. 1)
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Fig. 16. Hydrogen/carbon monoxide ratio vs. water/oxygen ratio in
feed. Comparison of model predictions with Rudolph’s experimental
results.

as well as the point within the bed where the carbon
monoxide concentration reaches its maximum is plotted in
Figure 16. We can see that both curves fall within the
upper and lower experimental limits given in Rudolph's
paper for different types of coals (curves for two of them,
char and subbituminous coal are also presented). The
qgualitative agreement between the predicted and experi-
mental effect is satisfactory, but no quantitative prediction
can be made. This is of no critical significance because the
heat content of both hydrogen and carbon monoxide is
practically the same, and, as Rudolph points out, for high
British thermal unit gas production, the hydrogen/carbon
monoxide ratio is adjusted in a later stage of the whole
process before the methanation step.

Effect of Chonges in Pressure

The most economical operating pressure must be deter-
mined for the process in its entirety, including later stages
to be carried out after gasification. We will limit ourselves
here to the effect of changes in pressure on the gasification
stage only. Increases in pressure allow larger amounts of
carbon to be completely gasified as is shown in Figure 17,
where the core temperature profile for the feed conditions
indicated but at two different levels of operating pressures
are shown. If P is reduced from 24 to 12 atm, an incom-
plete carbon conversion is obtained. Moreover, larger
amounts of methane per unit mass of fixed carbon gasified
are produced at higher pressures, as shown in Figure 18.
There it can be seen that this effect shows a leveling off in
the range of 25 to 30 atm.
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Fig. 17. Effect of changes in pressure on core temperature profiles.

Effect of Temperature Changes of Gaseous Feed Stream
Increases in the temperature of the gas fed to the bottom

of the gasifier while producing a proportional increase in

the maximum gas phase temperature practically does not
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Fig. 18. Effect of changes in pressure on the amount of methane
produced per unit mass of fixed carbon fed.
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affect the maximum core and solid external surface tem-
perature, provided the total energy input is high enough
to insure the complete gasification of the carbon fed to the
reactor. If this last condition is not met and unreacted car-
bon leaves the gasifier, we have already shown that the
maximum solid temperature occurs at the very bottom of
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Fig. 20. Effect of changes in coal reactivity on core temperature
profiles.
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the gasifier and decreases when the final carbon conversion
does. Figure 19 shows the resulting core temperature pro-
files for three different inlet temperatures: 400°, 500°, and
600°K. All the other operating conditions were kept fixed
and their values indicated on the graph. The already typi-
cal traveling of the oxygen consumption region can be seen.
For Tg® = 400°K, incomplete conversion is achieved. This
increase in conversion without the accompanying increase
in maximum core temperature (as was the case for in-
creases in the steam/oxygen ratio) indicates the conveni-
ence of using the highest possible feed temperature, espe-
cially when we have to work dangerously close to the ash
melting point. '

Coal Reactivity

We have characterized the coal reactivity by a reactivity
factor f,, whose value ranges from about 0.3 for anthracite
to 10 or above for lignites. It is known that high reactivity
coals produce a lower maximum temperature, and obvi-
ously a larger solid throughput can be completely gasified
for otherwise identical operating conditions. This is pre-
cisely what can be seen in the core temperature profiles
in Figure 20. Curves labeled 1 and 2 represent results for
two different coals characterized by reactivity factors of 0.3
and 1.0. All the operating conditions are identical. Com-
plete conversion is predicted for the higher reactivity coal,
while only an 82.64% conversion is expected for fo = 0.3.
If, on the other hand, we reduce the solid mass flow rate
for the lower reactivity coal in order to obtain complete
conversion, curve 3 is obtained. The maximum temperature
is now 240°K higher than that obtained under equivalent
complete conversion for a coal with f, = 1.0. We have al-
ready seen that the maximum temperature is independent
of the C/O relation provided an ash layer is developed, and
therefore such a high value is characteristic of a coal of a
given reactivity factor.

NOTATION

(Quantities defined in the previous paper are not repeated
here.)

a = interfacial area per unit bed volume

<C,p> = average specific heat of gas phase

Cp; = specific heat of i*" component

F = solid mass flow rate

Fsp = fixed carbon plus ash mass flow rate at feed con-
ditions

G = total mass flow rate of gas phase

g = moles of i component per unit mass of gas mix-
ture

h; = partial enthalpy per unit mass of i*" component

h; = interfacial heat transfer coefficient

I = integral

Kr = apparent axial conductivity due to radiation

Kws = water gas shift reaction equilibrium constant

L = reactor length

M; = molecular weight of the i*h species

N; = molar flow of the i*h species

P = reactor pressure

Q@ = total rate of carbon consumption per unit area of
core surface

g. = heat radiated and conducted from combustion
zone to any point in the gasification zone in
WLMG model

R = rate of carbon conversion due to steam gasification
in moles of carbon gasified per unit particle vol-
ume

T, = ambient temperature

Tay = average temperature in particle ash layer

AIChE Journal (Vol. 24, No. 1)



~
=)
i

maximum temperature to which char has been
exposed previous to gasification in IGT kinetic
scheme

T, = particle temperature

Tp, = feed particle temperature

Tps = solid external surface temperature

T,, = temperature of internal walls at the bottom of gas-
ifier

14 = time

war = ash mass fraction in solid feed

w; = mass fraction of i*" gaseous component

X*®* = solid conversion at the transition between zones

x = axial coordinate in reactor

x®* = location of the transition between combustion
and gasification zones

X; = final conversion

Greek Letters

AH; = enthalpy change for the it" reaction

8y = ash-layer thickness whose resistance to heat trans-
fer is equivalent to that of the film surrounding the
particle

e = bed porosity

¢ = sum of water and carbon dioxide concentrations

pa = mass of ash per unit particle volume

pe = mass of fixed carbon per unit particle volume

ps = particle density

psr = particle density at feed

Subscript

B condition in the bulk phase

c = condition at the core surface

1 condition at the transition between gasification
and combustion zone

2 = condition at the top of the reactor

Superscript

0 = condition at the gas inlet

c = condition at the core surface
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A Formulation for €;; and €4 Based on
the Surface Renewal Principle
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This paper presents a simplified formulation for ¢y for low to moderate
Prandtl number fluids and for e, that utilizes the surface renewal model,
but which also accounts for the fact that eddies do not reach the surface.
The predicted trend in Pr. obtained on the basis of the present analysis
suggests an opposite dependency on Pr to that predicted by many of the

other analyses.

SCOPE

The primary objective of this paper is to demonstrate
the relationship between the surface renewal approach
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to turbulence and the classical eddy diffusivity concept.
The compatibility between these two approaches to tur-
bulence has been previously demonstrated in the context
of a comprehensive but complicated surface rejuvenation
formulation. A simpler development is presented in this

paper for moderate Prandtl numbers (0.5 2 Pr < 5.0)
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